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a b s t r a c t

This paper presents a two-dimensional model of a preferential oxidation (PROX) reactor to be used in a
beta 5 kWe hydrogen generator (HYGen II), to integrate with Polymer Electrolyte Fuel Cells (PEFCs). PROX
reactors require careful temperature control systems, in order to enhance optimization and control of the
eywords:
uel processor
O preferential oxidation
ydrogen oxidation
ydrogen production

unit. The model concerns chemical kinetics and heat/mass transfer phenomena occurring in the reactor.
Aim of the model is to investigate the effects of the molar ratio O2/CO, the gas hourly space velocity (GHSV)
and the inlet temperature on process performance of the reactor, in order to obtain high CO conversion
and high selectivity with respect to the undesired H2 oxidation. The model plays a key role in overcoming
the issues of system design, by evaluating the temperature and the gas concentration profiles in the
reactor. Simulation results showed the strong dependence of the overall performance upon the operating
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wo-dimensional catalytic modeling conditions examined.

. Introduction

Fuel cell technology has been recently recognized as the most
ffective method to produce energy by both industrial R&D depart-
ents and academia. The Polymer Electrolyte Fuel Cell (PEFC)

uelled by hydrogen appears to be the key option for both trans-
ort and small scale combined heat and power applications, due to

ts compactness, modularity, higher conversion efficiencies and low
missions of noise and pollutants [1,2]. A growing interest for small
tationary applications (in the 0.5–10 kW electrical output range) is
eveloping; a large increase in the number of installed units in the
orld, as a decentralized power supply, grid support, peak shav-

ng, power back-up or uninterruptible power supply (UPS), can be
erived [3].

The absence of a hydrogen refuelling infrastructure and prob-
ems concerning hydrogen storage has led to the development of
uel processors able to convert available fuels (hydrocarbons and/or
lcohols) into hydrogen rich reformate gas [4]. The choice of a
uitable fuel processor and fuel, during the transition phase to a
ydrogen economy, are key aspects to the successful implementa-

ion of direct-hydrogen fuel cell systems.

The key requirements for a fuel processor include rapid start-
p, good dynamic-response to change in hydrogen demand, high
uel-conversion, small size and weight, simple design (construc-

∗ Corresponding author. Tel.: +39 090 624 297; fax: +39 090 624 247.
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ion and operation), stable performance for repeated start-up and
hut-down cycles, maximum thermal integration, low cost and
aintenance, high reliability and safety [5].
In small scale applications, natural gas remains the fuel most

ommonly employed for its wide availability and related infras-
ructure. For some niche markets, such as electricity production in
emote sites, LPG could be an interesting optional fuel [6,7]. How-
ver, to utilize the reformate gas as a reactant for PEFC systems,
lean-up steps must be considered to reduce the CO concentration
o an acceptable level (10 ppm), since the fuel cell performance is
rogressively degraded by CO poisoning of the anode catalyst [8,9].
he reformate stream is purified using a two-stage process. The first
tage is the water gas shift reaction, that reduces the carbon monox-
de, increasing hydrogen content. The CO conversion is limited by
quilibrium at the outlet temperature of the reactor. In the sec-
nd stage the amount of carbon monoxide is further reduced using
referential oxidation reaction, which is the most compact of all the
urification methods. Alternative technologies for the last clean-up
tep, such as Pressure Swing Adsorption (PSA) or Metal Separation
embranes, are not suitable for small scale applications, because

igh pressure requirements mandate the use of an additional com-
ressor, and the need to re-humidify the hydrogen prior to use in
uel cells. Furthermore a desiccant must be used to adsorb water

rom the incoming wet gas stream in a PSA unit [10].

Because the PROX reaction is exothermic, the main drawback
f a preferential oxidation reactor is complex temperature con-
rol system, in order to minimize parasitic hydrogen oxidation,
ince selectivity of oxygen to carbon monoxide deteriorates with

http://www.sciencedirect.com/science/journal/13858947
http://www.elsevier.com/locate/cej
mailto:francesco.cipiti@itae.cnr.it
dx.doi.org/10.1016/j.cej.2008.09.004
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Nomenclature

ci concentration of species i (mol m−3)
c0

i inlet concentration of the species i (mol m−3)
Cpj heat capacity of air in the jacket (J kg−1 K−1)
Cpr heat capacity of gas in the reactor (J kg−1 K−1)
Di,eff effective diffusion coefficient of species i (m2 s−1)
Dij binary (species i, j) gas diffusion coefficients

(m2 s−1)
Dij,eff effective binary (species i, j) gas diffusion coeffi-

cients (m2 s−1)
Fi molar flow rate of the species i (mol s−1)
hi molar enthalpy of the species i (J mol−1)
�HCO enthalpy for the reaction of CO oxidation (J mol−1)
�HH2 enthalpy for the reaction of H2 oxidation (m2 s−1)
kf thermal conductivity of the fluid (W K−1 m−1)
keff effective thermal conductivity in the reactor

(W K−1 m−1)
kj thermal conductivity in the jacket (W K−1 m−1)
ks thermal conductivity of the solid (W K−1 m−1)
kw thermal conductivity of the wall (W K−1 m−1)
Ni flux vector of species i (mol m−2 s−1)
pO2 oxygen partial pressure (Pa)
qj heat flux vector in the jacket (mol m−1 s−3)
qr heat flux vector in the reactor (mol m−1 s−3)
Q heat generation rate per unit volume of the catalyst

bed (J m−3 s−1)
rCO rate of CO oxidation (mol kg-1

cat s−1)
rH2 rate of H2 oxidation (mol kg-1

cat s−1)
Rg gas constant (J mol−1 K−1)
Ri net species’ reaction term (mol m−3 s−1)
Tj jacket temperature (K)
Tr reactor temperature (K)
T0 inlet temperature of the reagent gas mixture (K)
T0

j inlet temperature of the air (K)

uj air velocity in the jacket (m s−1)
ur velocity of the fluid in the reactor (m s−1)
Uk film coefficient (W K−1 m−2)

Greek symbols
ıw thickness of the wall (m)
ε void fraction of the catalyst bed
�b catalyst bulk density (kgcat m−3)
�gr gas density in the reactor (kg m−3)
�gj gas density of the air in the interspace (kg m−3)

Subscripts
cat catalyst
eff effective
f fluid
g gas
i gas species, i = CO, O2, CO2, H2, H2O
in inlet
j jacket
r reactor
s solid
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The single-stage multi-tube PROX reactor consists of 10 parallel
out outlet
ncreasing operating temperatures [11]. The consequent oxida-
ion of hydrogen causes a decrease in the process efficiency and
ncreases water management issues. Multi-stage PROX reactors
ave been proposed [12–14], but complex hardware is required to
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ontrol temperatures, using staged air injections along the catalyst
ed. A single-stage PROX process could be an optimal solution, as
eported by Echigo et al. [15]. It has been reported that Pt/Al2O3 cat-
lysts showed higher CO removal performance than conventional
u/Al2O3 catalysts in a temperature range 448–523 K [16–18].

During the last few years, research activity on the PROX reaction
or small scale applications has focused on catalyst develop-

ent/testing and reactor design optimization, in order to reduce
he CO concentration to below 10 ppm to meet the fuel purity
equirements for PEFC stacks.

Previous experimental tests with our 2 kWe LPG-based fuel pro-
essor (HYGen I) [19], designed for integration with a PEFC, showed
ome drawbacks in the CO preferential oxidation step: the CO con-
ent in the output of the reactor reached a CO level of 0.2% (dry
asis). This content, incompatible with a PEFC system, showed the
eed of improving the prototype engineering, focusing on further
fforts to achieve optimized design of the PROX subsystem, in terms
f temperature control.

The objective of this study is to theoretically investigate the
ROX kinetics by a modeling approach. A 2D steady state reactor
odel was developed, driving the design of a single-stage multi-

ube reactor to overcome the system issues of heat management,
onsidering Pt/Al2O3 catalysts (pellets form 3 mm × 3 mm). This
eometrical configuration, with a cocurrent air in the cooling jacket
interspace), is used as a case study in developing a beta 5 kWe
ydrogen generator [20–22]. Simulation studies on the influence
f reactor geometrical parameters [23,24], comparing process per-
ormance with other two configurations (without a cooling jacket
nd with a countercurrent air flow in the interspace), showed that
n optimal temperature control can be achieved using a configura-
ion with a cocurrent air flow in the interspace. The model-based
nalysis make it possible to gain insight into the factors that limit
ROX performance.

. Reactor concept and design

The HYGen II system can generate hydrogen for Polymer Elec-
rolyte Fuel Cells for small stationary applications. The prototype is
ble to convert light hydrocarbons (methane, LPG, butane) with
nominal hydrogen production of 5 N m3 h−1 and a maximum

ydrogen production of 8 N m3 h−1. The net size (mm) of the fuel
rocessor is 636 (width) × 868 (length) × 1350 (height).

The unit is based on three catalytic reaction steps: the Autother-
al Reforming (ATR), the Intermediate Water Gas Shift (ITWS) and

he preferential oxidation (PROX). The diagram of the integrated
ystem is shown in Fig. 1; the processing unit is coupled with a
eat exchanger, a static mixer, a water reservoir, manual/automatic
alves, pressure regulators/transducers, flow meters and ancillar-
es.

The main issues in developing a commercially viable fuel pro-
essor are high energy efficiency, compact size and low cost for
anufacturing and maintenance. Consequently, the system has

een engineered, focusing on the design of every single component
nd the integration of the system, to minimize size, while improv-
ng thermal and mass transfer and system efficiency. The reformer
ses a new design concept for integrating the CO preferential oxi-
ation process and the heat transfer management into a suitable
onfiguration, namely, a single-stage multi-tube reactor geometry.
ence the resulting unit is a single-stage multi-tube reactor, filled
ith pellet catalysts with a total volume of 4.38 l.
nd cylindrical tubes (Fig. 2): the product gas mixture from the
revious water gas shift step enters into a static mixer where it is
ixed with air and then reaches the heating zone, that consists of an

nert bed heated by electrical heating elements only during start-up
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increasing the temperature, it becomes significant. The CO conver-
Fig. 1. Diagram of the 5 kWe hydrogen generator (HYGen II).

hase. Here the PROX reagent mixture is heated to reach the light-
ff temperature and then distributed uniformly into ten catalytic
ubes. This geometry was designed to optimize flow distribution
nd improve heat transfer; the air required for the reaction is fed
y means of a four injection satellite system, in order to uniformly
istribute the air flow on the catalytic tubes. Then the air flows in
he cooling jacket, making it possible to maintain the temperature
eaction in an optimal operating range.

The reactor conditions, catalyst formulation and expected
esults have been derived from experimental results obtained on

laboratory scale [25,26] and on the previous HYGen I system
19,25,26]. From these results the range of operating conditions
ave been derived.

. Multiphysics modelling simulation

.1. Chemical kinetics
In a CO selective oxidation system, many reactions are taking
lace, with rates that depend strongly on the reactor geometrical
arameters and on the operating conditions (molar ratio of CO/O2,
as hourly space velocity and inlet reagent temperature). The five

s
t
i
t

Fig. 2. Cut away view of the single-s
ring Journal 146 (2009) 128–135

ain reactions involved in a PROX reactor include [27–29]:

O oxidation : CO + 1
2 O2 → CO2, �H(298) = −283, 000 J mol−1

(1)

2 oxidation : H2 + 1
2 O2 → H2O, �H(298) = −242, 000 J mol−1

(2)

Reverse water gas shift (RWGS) reaction :

CO2 + H2 ↔ CO + H2O, �H(298) = +41, 100 J mol− (3)

CO methanation :

CO + 3H2 → CH4 + H2O, �H(298) = −206, 300J mol−1 (4)

CO2 methanation :

CO2 + 4H2 → CH4 + 2H2O, �H(298)= −165, 100 J mol−1 (5)

Some of these reactions have significantly low rates; to reduce
he complexity in the developed model, only the reactions with
ignificant rates are considered.

Since the main aim of the model is to investigate the process per-
ormance of the PROX reactor in the temperature range between
03 and 473 K, the previous model [23], based on the kinetics of
he CO oxidation reaction, was implemented with the H2 oxidation
eaction. This temperate range is considered optimal to efficiently
revent the performance decrement of CO oxidation. It has been
hown [11,30,31] that the carbon monoxide oxidation deteriorates
t temperatures higher than 473 K, due to increasing hydrogen oxi-
ation. Therefore, an investigation at temperatures higher than
73 K has been also carried out, to show that for the tempera-
ures chosen the hydrogen oxidation is indeed unimportant, while
ion is slightly influenced by the reverse water gas shift reaction in
he temperature range considered in steam excess, as the current
nvestigation [27]; the relative reaction rate results insignificant for
he purpose of the model. Moreover, the methanation reactions in

tage multi-tube PROX reactor.
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he considered temperature range can be considered negligible, in
ccordance with Xu and Zhang [29].

Numerous kinetic modeling efforts for metal catalysts have
een performed for CO preferential oxidation. Amphlett et al.
31] developed an approximate first order rate expression rCO
mol s−1 kgcat

−1) for platinum–alumina catalysts:

CO = kCO · cCO (6)

here cCO (mol m−3) denotes the CO concentration and kCO
m3 s−1 kgcat

−1) the kinetic rate constant of the reaction, that can
e expressed as follows:

CO = 0.0226 exp
(

−1000
Tr

)
(7)

here Tr (K) denotes the reaction temperature.
Despite the kinetics and the rate expressions of the CO oxidation

ave been investigated in many studies, there are few papers that
onsider H2 oxidation simultaneously with CO oxidation reaction.
aymo and Smith [32] reported an empirical power law expression

or the H2 oxidation rate rH2 (mol s−1 kgcat
−1) on platinum–alumina

atalysts:

H2 = 6.19 × 10−5 pO2
0.804 exp

(
−21.9 × 103

Rg × Tr

)
(8)

ith an activation energy of 21.9 × 103 J mol−1 and where pO2
Pa) denotes the oxygen partial pressure, Rg the gas constant
J mol−1 K−1) and Tr (K) the reaction temperature. As shown, the
2 oxidation reaction rate depends on the partial pressure of oxy-
en. In the model the oxygen partial pressure was correlated to its
wn concentration by using the ideal gas law.

.2. Steady-state reactor model

The design of the single-stage multi-tube reactor was supported
y a Computational Fluid Dynamics (CFD) approach. The design of
PROX reactor is the key aspect for the performance and efficiency
f a compact hydrogen generator: weight and volume should be
inimized and the heat management system optimized for dif-
erent operating conditions. The design of any reactor requires a
omprehensive investigation in order to understand the sources
f performance limitations and identify possible means of pro-
ess enhancement from the perspective of reactor configuration,
atalyst formulation and process integration.

(
f

c
i

Fig. 3. Two-dimensional model simulation sequence to investigate pr
ring Journal 146 (2009) 128–135 131

Based upon the above considerations, simulation studies aimed
t describing the performance of the reactor, were performed by
mathematical model, based on energy and mass balances. The
odel is able to couple heat, mass transport and chemical reac-

ions occurring in the reactor. The main aims of the mathematical
odel were to optimize the key operating conditions by a para-
etric analysis for different molar ratio of O2/CO, gas hourly space

elocity and inlet reagent temperature, and to evaluate the tem-
erature distribution and gas concentration in the reactor, to gain

nsight into the design and operation of the PROX unit.
The mathematical simulations were achieved through the

escription of transport phenomena by Partial Differential Equa-
ions (PDEs), numerically solved through the Finite Element

ethods (FEM), using a commercial software package Comsol Mul-
iphysics.

The model simulation sequence is shown in Fig. 3.
First, the geometry of the reactor and the mesh map, related to

he calculation tolerance, are defined. After introducing the cata-
yst and gas properties, the boundary conditions and initial values
re assigned. The convergence of the solution determines the tem-
erature and gas concentration distributions. In this model a state
teady is assumed, so the time-dependent terms are dropped to
implify the analysis. Moreover, because the gas flow rate in the
eactor is relatively low and the void fraction of the catalyst bed
s high (ε = 0.35), a negligible pressure drop has been assumed:
onsidering as reference case (O2/CO = 2.0, GHSV = 4000 h−1), a con-
tant axial velocity (ur of 0.76 m s−1, Reynolds number = 857) in
he reactor (volume flow rate/cross-section area of the reactor),
nd zero radial velocity were assumed: a constant axial velocity
n the cooling jacket is also relatively low, the viscous effects can
e ignored: the axial velocity (uj of 0.044 m s−1, Reynolds num-
er = 340) in the cooling jacket (volume flow rate/cross-section area
f the cooling jacket) and zero radial velocity were also assumed.

Gas density �g (kg m−3), binary gas diffusion coefficients Dij
m2 s−1), thermal conductivity kf (W K−1 m−1), heat capacity Cp

J kg−1 K−1), and molar enthalpy of reaction �H (J mol−1), depend-
ng on temperature and composition of the gas mixture [33], are
etermined from the properties and molar fractions of the individ-
al species. In particular, heat capacity (Cp,i) and molar enthalpy

hi) of the individual species i are determined using the polynomial
ormat introduced by Gordon et al. [34].

Supported metal on porous materials presents different thermal
onductivity with different loading and synthesis method. Empir-
cal formulation has been used to evaluate the effective binary

ocess performance in the single-stage multi-tube PROX reactor.
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Table 1
Equations used to describe the mass and heat transport phenomena in the reactor,
and the heat transport phenomena in the interspace.

Transport phenomena equations
Mass balances in the reactor ∇ · (−Di,eff∇ci + ciur) = Ri (11)

Energy balances in the reactor ∇ · (−keff∇Tr + �grCprTrur) = Q (12)

Energy balances in the interspace ∇ · (−kj ∇Tj + �gjCpjTjuj) = 0 (13)

Table 2
Reaction terms of the individual species.

Reaction terms
RCO = �b · (−rCO) (14)

RO2
= �b · (−0.5 · rCO − 0.5 · rH2 ) (15)

R = � · (+r ) (16)
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RH2 = �b · (−rH2 ) (17)

RH2O = �b · (+rH2 ) (18)

species i, j) diffusion coefficients Dij,eff (m2 s−1) [33,35,37] and
he effective thermal conductivity keff (W K−1 m−1) [33,36] of the
atalyst bed. Based on this approach, effective binary diffusion coef-
cients Dij,eff (m2 s−1) are dependent on binary diffusion coefficient
ij,f according to the following [35]:

ij,eff = 2ε

3 − ε
· Dij,f (9)

Since the effective thermal conductivity for packed beds is
ependent on thermal conductivity of the solid ks (W K−1 m−1),
hermal conductivity of the fluid kf (W K−1 m−1), and void fraction
f the catalyst bed ε, can be expressed as [36]:

eff = ks ·
[

1 + 3ε · (1 − ks/kf)
(1 − ε) + ks/kf · (2 + ε)

]
(10)

The equations used to describe the mass and heat transport
henomena in the reactor, and the heat transport phenomena in
he interspace, are reported in Table 1. Table 2 reports the reaction
erms of the individual species i. The expression within the brack-
ts in Eq. (11) represents the mass flux vector Ni (mol m−2 s−1) of
pecies i; the first term describes the transport by diffusion, the
econd one represents the convective flux, namely:
i = −Di,eff∇ci + ciur (19)

The heat generation rate per unit volume of the catalyst bed
(J m−3 s−1) in Eq. (12), function of reaction rates and heats of

a
h
c

Fig. 4. Cross section of the single-st
ring Journal 146 (2009) 128–135

eaction, can be expressed as follows:

= �b · (−�HCO · rCO − �HH2 · rH2 ) (20)

The expression within the brackets in Eq. (12) represents the
eat flux vector qr (mol m−1 s−3); the first term describes the heat
ux due to conduction, the second one represents the convective
ux, namely:

r = −keff∇Tr + �grCprTrur (21)

In the Eq. (12) the conductive term accounts for the effective
hermal conductivity of the catalyst bed, while the convective term
ccounts for the gas transport.

In order to calculate the temperature in the interspace, coupled
ith a thin film approximation for the interface reactor-interspace,
new temperature variable, Tj, is introduced for the interspace.

The expression within the brackets in Eq. (13) represents the
eat flux vector in the cooling jacket qj (mol m−1 s−3); the first term
escribes the transport by diffusion, the second one represents the
onvective flux, namely:

j = −kj∇Tj + �gjCpjTjuj (22)

The single-stage multi-tube reactor consists of 10 cylindrical
ubes, each one with an outside diameter of 38.1 mm, a thickness of
.41 mm and a length of 480 mm. The distance between two close
ubes is 5 mm, while between the centres of two close tubes is
3.1 mm. The tubes are placed in a parallel configuration along the
ow direction and in a uniform distribution along the cross section
f the flow, to improve heat management, as shown in Fig. 4.

For the purposes of this model a single cell unit, to represent a
ingle catalytic tube, has been considered as a geometrical model
Fig. 5).

The model domains are the PROX reactor (single catalytic tube)
nd the interspace (cooling jacket). The PROX bed consists of the
rst 70 mm of inert bed, that acts as a flow distributor along the
eactor’s radius. An uniform air distribution in the interspace before
he beginning of the PROX reaction was obtained.

The boundary conditions for the mass and energy balances in the
eactor, and the energy balances in the interspace, are reported in
able 3. The film approximation condition at the wall that separates
he reactor and the cooling jacket sets the flux as a function of the
Temperature and gas concentration along and across the reactor
nd the interspace were determined by the solution of the mass and
eat balances, Table 1, in combination with initial and boundary
onditions, Table 3, that define the mathematical model.

age multi-tube PROX reactor.
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CO selectivity decreases, and consequently hydrogen consump-
tion increases (not showed), by increasing temperature and O2/CO
molar ratio. Han et al. [38] report that, for high O2/CO ratios,
the reaction seems to saturate with the increase of O2 pressure,
while the selectivity decreases sharply, suggesting that the reac-
Fig. 5. Geometrical model in the mathematical simulations.

CO conversion and selectivity were calculated from the follow-
ng equations as

Oconversion = FCO,in − FCO,out

COin
× 100

Oselectivity = FCO,in − FCO,out × 100

2 × (FO2,,in − FO2,out)

here Fi is the molar flow rate of the species i.

able 3
oundary conditions for the mass and heat transport balances in the reactor, and
he heat balances in the cooling jacket.

ypology Expression

oundary conditions for the mass balances in the reactor
Reactor inlet ci = c0

i
Symmetry line and interface Ni · n = 0
Reactor outlet Ni · n = ciur · n

oundary conditions for the energy balances in the reactor
Reactor inlet T = T0
Symmetry line qr · n = 0
Reactor outlet qr · n = �grCprTrur · n
Interface qr · n = Uk(Tr − Tj); Uk = kw/ıw;

oundary conditions for the energy balances in the cooling jacket
Jacket inlet Tj = T0

j
Outer wall qj · n = 0
Jacket outlet qj · n = �gjCpjTjuj · n
Interface qj · n = Uk(Tj − Tr)

F
a

ig. 6. CO selectivity at different inlet reagent temperature T0 and O2/CO molar
atio; GHSV = 4000 h−1.

. Simulation results and discussion

The predicted variation in the CO selectivity with respect to
olar ratio O2/CO and inlet reagent temperature under steady oper-

ting conditions at GHSV of 4000 h−1 is shown in Fig. 6. As expected,
ig. 7. CO concentration and CO selectivity at different inlet reagent temperature T0
nd GHSV;. O2/CO = 2.
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differences 37 K (T0 = 403 K), 43 K (T0 = 408 K), 49 K (T0 = 473 K), 57 K
(T0 = 508 K), 66 K (T0 = 543 K) between the maximum temperature
and the inlet temperature increase since the exothermic effects
of the reaction become more relevant. The temperature increase
ig. 8. Temperature profiles through the length of the reactor at different inlet

eagent temperatures T0—base case: O2/CO = 2, GHSV = 4000 h−1.

ion mechanism is altered for high O2/CO values. This effect can
e related to the reduced CO adsorption energy on the oxidized
atalytic surface as the temperature increases. At higher tempera-
ures, the surface coverage of CO decreases, allowing for hydrogen
dsorption and oxidation [30].

At low temperatures, the selectivity remains high until the CO
s virtually depleted and then the remaining oxygen reacts with
ydrogen, while low selectivity at high temperature can be due
o increased H2 oxidation. Since oxygen is the limiting reactant,

he reduction of CO selectivity indicates that the oxidation rate of
ydrogen becomes significant at higher temperatures. The oxygen

evel is an important factor in PROX operation: excess oxygen can
mply high hydrogen consumption, while a low oxygen concentra-
ion in the stream can result in a poor CO abatement. Considering

ig. 9. Temperature profiles through the length of the interspace, at different dis-
ances (d) from the wall and at different inlet reagent temperatures T0—base case:

2/CO = 2, GHSV = 4000 h−1.

F
o
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ring Journal 146 (2009) 128–135

hat the CO content at a previous water gas shift reaction step exit
an fluctuate incidentally during the transient operation, a value of
olar ratio O2/CO of 2 seems to represent a good compromise.
Fig. 7 shows the variations of CO concentration and CO selec-

ivity as a function of inlet temperature and GHSV of the feed gas
ith O2/CO of 2. An optimal GHSV, in order to obtain a reactor as

ompact as possible, with an acceptable CO exit concentrations of
bout 10 ppm, can be predicted at GHSV of 4000 h−1, with CO con-
ersion (not showed) and CO selectivity higher than 80% in the inlet
emperature range between 433 and 473 K.

Fig. 8 shows for the case base identified (O2/CO = 2,
HSV = 4000 h−1), that the temperature in cross sections along

he length of the reactor is almost fully uniform at any fixed inlet
eagent temperature. Hence, the heat used to preheat the incom-
ng air among the catalyst tubes does not cause a temperature
radient at different distances from the symmetry axis, allowing
or constant catalyst performance. Moreover, the temperature
long the length of the reactor increases up to a maximum value
or all inlet reagent temperatures. For higher inlet temperature, the
ig. 10. CO concentration and CO selectivity distribution through the length
f the reactor, at different inlet reagent temperature T0—base case: O2/CO = 2,
HSV = 4000 h−1.
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s more rapid in the first half of the catalyst bed, more evident
ncreasing the inlet temperature, indicating that the heat exchange
o control reactor temperature should be in the incoming reagents
ide. These results suggest that the cocurrent air flow solution can
e optimal from the temperature control point of view.

Fig. 9 shows the related temperature change in the cooling
acket. The almost overlapping temperature curves (for three differ-
nt distances from the wall—0.001 m, 0.002 m and 0.003 m) at any
xed inlet temperature, imply that the temperature in cross sec-
ions (ring-shape) along the length of the interspace is almost fully
niform; the air temperature increases rapidly near the front face
f the jacket (3 cm from the beginning of the inlet cross section),
nd then increases gradually, suggesting that the heat transfer from
he catalyst bed to the air flow occurs mainly near the front face.

oreover, the outlet air and the outlet product gas in the catalyst
eactor reach the same temperature, confirming that the main heat
ransfer zone is located near the front face of the jacket.

The CO concentrations and CO selectivity profiles along the reac-
or center for different inlet reagent temperatures are presented in
ig. 10 for the case base identified (O2/CO = 2, GHSV = 4000 h−1).

Results show that CO is continuously consumed when the gas
ixture passes along the catalyst tube. The concentration curves

ndicate that the consumption rates of CO are faster in the front
ace of the reactor, and lower in the rear part, in accordance with
he temperature profiles. The predicted CO consumptions (outlet
O concentrations between 4 and 14 ppm) suggest that the reactor

ength is long enough to reach a good conversion level. More-
ver, while CO conversion (not showed) increase with the reactor
emperature, CO selectivity decreases, due to the undesired H2 oxi-
ation.

. Conclusions

A comprehensive investigation by a modeling approach, in order
o explore reactor geometrical configuration and the effects of
he main operating parameters on CO preferential oxidation per-
ormance has been carried out. The reactor configuration is a
ingle-stage multi-tube geometry with a cocurrent air flow in the
ooling jacket. The study considered heat and mass transport phe-
omena associated with two main simultaneous chemical kinetic
eactions in the reactor: CO oxidation and H2 oxidation.

Simulation results showed that the reactor performance
epends strongly on the O2/CO molar ratio, GHSV and inlet tem-
erature. Sufficient carbon monoxide conversion and temperature
ontrol in the preferential oxidation reactor can be achieved with
he following optimal operating conditions: a molar ratio O2/CO of
, a GHSV of 4000 h−1 and an inlet reagent temperature in the range
35–475 K.
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